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ABSTRACT

The economic feasibility of combining forward osmosis (FO), reverse osmosis (RO) and
anaerobic membrane bioreactor (AnNMBR) technologies for municipal wastewater
treatment with energy and water production was analysed. FO was used to pre-
concentrate the AnMBR influent, RO for draw solution regeneration and water
production, and AnMBR for wastewater treatment and energy production. The minimum
wastewater treatment cost was estimated at 0.81 € m, achieved when limiting the FO
recovery to 50% in a closed-loop scheme, however, the cost increased to 1.01 and 1.27 €
m3 for FO recoveries of 80% and 90%, respectively. The fresh water production cost was
estimated at 0.80 and 1.16 € m™ for an open-loop scheme maximising water production
and a closed-loop scheme, respectively. The low FO membrane fluxes were identified as
a limiting factor and a sensitivity analysis revealed that FO membrane fluxes of 10 LMH

would significantly improve the competitiveness of FO-RO+AnMBR technology.
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1. Introduction

Wastewater treatment plants (WWTPSs) based on the conventional activated sludge (CAS)
process are not suitable to meet the environmental and economic requirements of the
circular biobased economy since they are designed to remove resources rather than
recovering them (Guest et al., 2009). Accordingly, new WWTP technologies and
configurations have arisen to maximize resources harvesting and support the transition of
WWTPs towards the concept of wastewater resource recovery facilities (WRRF) (Puyol

etal., 2017).

Anaerobic membrane bioreactor (AnMBR) technology is attracting attentionas a
mainstream process for municipal wastewater treatment due to its capacity to recover
most of the energy potential in wastewater and produce high-quality effluents (McCarty
etal., 2011; Puyol et al., 2017). Anaerobic digestion allows to recover the energy content
of municipal sewage by transforming its biodegradable organic matter into renewable
methane energy. Another noteworthy feature of AnMBR is the high retention of particles
provided by the membrane which allows an excellent decoupling of the hydraulic
retention time (HRT) from the solids retention time (SRT). This provides a high

controllability on the active biomass concentration in the reactor (Maaz et al., 2019).

However, the economic feasibility of AnMBR technology is limited by the low
concentration of organics in municipal sewage and the associated high capital (e.g. higher
vessel volume, additional membrane modules) and operational (e.g. gas sparging,
biomass recirculation) costs. One option to overcome this limitation is the pre-
concentration of sewage by means of forward osmosis (FO) (Ansari et al., 2017). The FO
process concentrates the total solids contained in sewage by permeating water towards a

draw solution using a selective membrane (Cath et al., 2006). The draw solution is a



natural (e.g. seawater) or artificial solution (e.g. NaCl, MgCl») that generates an osmotic
gradient (driving force) between both solutions (Itliong et al., 2019; Lee and Hsieh, 2019).
Consequently, water flows spontaneously from the sewage to the draw solution through
a dense semipermeable membrane: (i) decreasing the sewage flow and increasing the
organics concentration and (ii) increasing the draw solution flow and diluting the solute
concentration. The concentration of sewage prior to an AnMBR reduces the volumetric
flow and, in turn, the volume of the anaerobic reactor (Ansari et al., 2017; Ferrari et al.,
2019). Additionally, if a draw solution regeneration step is implemented, it is possible to

produce clean water while re-concentrating the diluted draw solution.

Reverse osmosis (RO) stands as the most used technology to produce clean water from
diluted draw solutions (Awad et al., 2019; Luo et al., 2014). The combination of FO and
RO is particularly interesting for open-loop seawater desalination schemes (once-through
systems), where seawater is used as a draw solution and, subsequently, clean water is
produced by RO from the diluted seawater (Blandin et al., 2016; Jalab et al., 2019). It is
worth to mention that FO-RO system is not thermodynamically favourable when
compared to sewage direct RO due to the higher osmotic pressure of the diluted seawater
in comparison to municipal sewage (Shaffer et al., 2015). However, the FO-RO system
offers important advantages such as a dual barrier to the pollutants and a lower fouling
potential in the RO membranes (Blandin et al., 2016). Furthermore, due to its lower
osmotic potential, less energy is required to produce clean water from the diluted seawater

than from conventional seawater (Hancock et al., 2012; Wan and Chung, 2018).

Several publications have stated that the FO-RO system is a more profitable scenario for
seawater desalination than the stand-alone RO system (Cath et al., 2010; Valladares

Linares et al., 2016; Wan and Chung, 2018). However, other publications have pointed



out that the low FO fluxes and the high FO membrane prices are important limitations for
the implementation of such system (Awad et al., 2019; Blandin et al., 2015; Lee and
Hsieh, 2019). Regarding FO fluxes, Blandin et al. (2015) reported that an average flux of
30 L m?2ht (LMH) is needed to guarantee the economic suitability of an FO-RO system
for seawater desalination. However, a 30 LMH flux is far from current FO fluxes since

reported pilot-scale fluxes range from 2.2 to 10.6 LMH (Awad et al., 2019).

There are evident differences among the published articles regarding the techno-
economic feasibility of FO-RO systems. These differences can be related to discrepancies
in operational conditions, capital and operational costs, assumptions and omission of
some parameters. For instance, the impact of FO recovery and RO strategies for draw
solution regeneration and water production have been rarely included in previous studies.
To the best of the authors” knowledge, the impact of FO as a pre-concentration step of an
AnMBR has not been previously analysed from a techno-economic point of view.
Therefore, a detailed and comprehensive techno-economic analysis is needed to
determine in which scenarios the combination of FO, RO and AnMBR is economically

and technically attractive as well as to identify the process limiting factors.

The goal of this study is to analyse the economic feasibility of a system combining FO
for sewage pre-concentration, RO for clean water production and AnMBR for renewable
energy production. This theoretical techno-economic analysis includes the impact of
different FO recoveries, different draw solution management strategies and the
implication of these factors on the AnNMBR design. The ultimate goal is to provide a
comprehensive tool that allows to evaluate in which scenarios the combination of FO, RO
and AnMBR technology is recommendable from both economic and technical points of

view.



2. Methodology

2.1 Evaluated wastewater treatment scenarios and design criteria

The economic feasibility of an AnMBR system for mainstream sewage treatment was
evaluated for four different scenarios (Table 1). The baseline scenario was the
implementation of an AnMBR without FO for sewage pre-concentration nor RO for water
production. The other three scenarios resulted from assessing three different FO
recoveries, i.e. (i) 50% recovery (Scenario 1), (ii) 80% recovery (Scenario 2), and (iii)
90% recovery (Scenario 3). The FO recovery is an important parameter since it
determines (i) the flow rate and concentration of the AnMBR influent and (ii) the flow
rate and osmotic pressure of the diluted draw solution feeding the RO stage. Previous
economic studies considered FO recoveries around 50% (Blandin et al., 2015; Valladares
Linares et al., 2016). However, in this study, the three different recovery scenarios (i.e.
50, 80 and 90%) were selected since (i) high FO recoveries (>50%) can enhance the
operability and applicability of AnMBR technology and (ii) FO recoveries up to 90%

have been achieved for municipal wastewater pre-concentration (Ansari et al., 2018).

For each FO recovery scenario, the FO-RO+AnMBR process was assessed for three
different draw solution management schemes (Table 1). The three different schemes are

as follow (Figure 1):

e Scheme A: Open-loop system aiming to maximize water production in the RO stage.
In this scenario, water production (i.e. RO recovery) from the diluted seawater is
determined by permeating the amount of water needed to reach a brine osmotic
pressure of 46.7 bar. This is a typical brine osmotic pressure in conventional seawater

desalination featuring an RO recovery of 45%.



e Scheme B: Open-loop system where water production in the RO stage is limited by
fixing the RO recovery at 45% regardless of the diluted seawater osmotic pressure.
RO recovery is fixed at 45% since this is a common value in full-scale desalination
plants (Blandin et al., 2016).

e Scheme C: Closed-loop system where the RO stage is used to re-establish the osmotic
pressure of the synthetic draw solution. In this system, RO recovery is fixed by FO
performance since the amount of water extracted in the RO stage is the same that

permeated the FO membrane. NaCl was the solute in the synthetic draw solution.

Open-loop systems are preferred in regions where seawater is available (Blandin et al.,
2016). An open-loop is a once-through system where the brine (concentrated seawater)
from the RO stage is directly discharged to the sea/ocean. Open-loop schemes provide
higher flexibility in RO recoveries since the regenerated seawater does not need to be
reused. Another conceivable open-loop scenario would be to directly discharge diluted
seawater from the FO stage into the sea/ocean. However, this scenario would only
consider FO+AnMBR in coastal areas and would fail to recover the filtered water.
Accordingly, this scheme was not included in this publication. On the other hand, closed-

loop schemes using synthetic draw solutions are required in non-coastal areas.

This FO-RO+AnMBR process was evaluated for a medium-sized facility (i.e. 30,000
population equivalent (PE)) treating 148 L PE* day? of an average strength municipal
sewage (CODt=420 mg COD L'; CODs= 300 mg COD L™; CODs;inert=30 mg COD L
1- CODparticutate,inert= 40 mg COD L1) (Garrido-Baserba et al., 2018). An average seawater
composition with an osmotic pressure of 25.7 bar was considered (Na*= 10,900 mg L*;
Cl'=19,700 mg LY; SO+ =2,740 mg L'}; Mg#* =1,310mg L'}; Ca** =410 mg L, K* =

390 mg LY; HCO3 =152 mg L™).



2.2. FO-RO process design and costs

2.2.1. Design considerations

FO flux is governed by the osmotic gradient between the sewage and the draw solution.
The solution-diffusion model is the most used model to describe water flux across dense
FO membranes (Deshmukh et al., 2015; Kim et al., 2017). However, to accurately
determine the FO flux, it is important to consider the effective osmotic gradient rather
than the simple osmotic gradient. Thus, FO flux calculation needs to include (i)
concentrative external concentration polarisation (ECP) on the active layer, (ii)
concentrative internal concentration polarisation (ICP) on the support layer, and (iii)
reverse salt diffusivity from draw solution to sewage solution (Eq. 1) (Blandin et al., 2015;
Kim et al., 2017). Eq. 1 describes the FO flux when the active layer is facing the feed
side. This strategy exacerbates ICP on the support layer, however, it reduces fouling and,

therefore, it is the preferred in the long term operation (Blandin et al., 2015).

Iw‘%_ Jw

_ Tpbulk'€ Tbulk-€ X
1_I_.<e_lw'5—e k )
w

Where Jw is the water flux (L m™ h™), ITo, i is the osmotic pressure in the draw solution

side (bar), Ik wuk iS the osmotic pressure in the sewage side (bar), k is the mass transfer
coefficient (38.52 L m? h'l), D is the solute self-diffusion coefficient (5.33x10° L mt h-
1, S is the structural parameter (6.9x10 m), A is the pure water permeability (1.63 L m°
2 hl barl), and B is the salt permeability (0.2988 L m h'') (Blandin et al., 2015).
Regarding RO flux, an average flux of 15 LMH was considered according to literature

(Valladares Linares et al., 2016; Teusner et al., 2017).



2.2.2. FO-RO capital costs

The methodology used to calculate the capital expenditures (CAPEX) of the FO-RO
process was adapted from Blandin et al. (2015). Due to the limited data on FO costs some
assumptions based on RO values were necessary. The Scenario 1A was taken as a
benchmark of this study since this scenario presented similar areas for both FO and RO
membranes and, consequently, a more reliable estimation of FO CAPEX could be
achieved.

CAPEX costs were split in costs directly depending on the surface area of RO unit (e.g.
membranes, pressure vessels) and costs independent of the RO unit surface area (e.g. pre-
treatment, intake/outfall). The independent costs were considered constant in all the
scenarios. This approach made the CAPEX associated with the RO stage just a function
of the membrane area. The CAPEX calculations for the FO stage were similar to the ones
used for the RO stage. However, some devices such as pressure vessels and pressure
exchangers were excluded from the FO CAPEX calculations. Price differences between
the FO and RO membrane modules were considered. The lower packing density of FO
modules makes FO modules more expensive than RO modules (Blandin et al., 2015). In
this study, RO and FO modules were considered to have a cost of 24 and 55 $ m?,
respectively (Teusner et al., 2017; Valladares Linares et al., 2016).

2.2.3. FO-RO operating costs

Energy consumption, membrane replacement, labour, maintenance, chemical reagent
consumption and draw solution replenishment were considered as operating expenditures
(OPEX).

Energy costs accounted for the energy consumption for: (i) seawater and wastewater pre-

treatment, (ii) FO stage, and (iii) RO stage. Although the RO stage is the main energy



consumer, to accurately determine the overall energy consumption it is important to
include the other two processes (Choi et al., 2017). Pumping energy requirements for

seawater pre-treatment were calculated using Eg. 2 (Wan and Chung, 2018).

APswpQsw
BT (Eq. 2)

Eswp =
Where Eswp is the energy consumption (KW), APswe is the pressure difference (bar), Qsw
is the seawater influent flow rate (m® h), and n, is the pump efficiency (85%).

The energy consumption of the FO stage was considered 0.3875 kWh m which is the
average energy consumption value reported for FO pilot-scale plants (Awad et al., 2019).
The energy consumption for the RO stage was estimated using the Reverse Osmosis
System Analysis (ROSA) software (Filmtec Corporation, US). Energy recovery devices

(ERDs) were considered for recovering the energy from the RO brine. The energy

recovered was calculated by using Eq. 3 (Wan and Chung, 2018).

Eprp = APERDQ?)%‘ERD (Eq. 3)

Where Eerp is the energy recovered by the device (kW), APerp is the pressure difference
(bar), Qerp is the flowrate feeding the device (m® h'l), and nero is the efficiency of the
ERD (95%).

Draw solution replenishment costs were considered for Scheme C (closed-loop scheme)
to account for solute losses due to retro-diffusion flux (Js) from draw solution to sewage
in the FO stage and the diffusion flux from the diluted draw solution to the permeate in
the RO stage. Js was calculated using Eq. 4 (Kim et al., 2017; Tiraferri et al., 2013), while
the solute diffusion in the RO stage was calculated from the final NaCl concentration in
the permeate given by the ROSA software.
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Where, besides the parameters described for Eq. 1, Jsis the reverse-solute flux (g m2 ht),
Co is the solute concentration in the draw solution (g L), and cris the solute concentration
in the feed solution (g L™).

2.3 AnMBR design and costs

2.3.1 Design considerations

The AnMBR was designed for psychrophilic conditions (20 °C). The selected
configuration was submerged membranes since this configuration is commonly used for
AnMBRs treating municipal sewage (Shin and Bae, 2018). A two-stage scheme
consisting of a bioreactor and a separate membrane tank was used owing to the simpler
membrane maintenance in comparison to a single-stage scheme. In this configuration,
part of the generated biogas is recirculated for membrane scouring and fouling control. A
specific gas sparging demand (SGD) of 0.23 Nm® m? h** was assumed (Giménez et al.,
2011; Smith et al., 2014). For the ultrafiltration membrane area calculation, a net flux of
10 LMH was established (Giménez et al., 2011; Robles et al., 2013; Ruigbmez et al.,
2016; Smith et al., 2014).

The AnMBR was designed at a hydraulic retention time (HRT) of 1 day, and a solids
retention time (SRT) of 60 days (Cashman et al., 2018; Hu and Stuckey, 2007; Prieto et
al., 2013). Mixed liquor suspended solids (MLSS) concentration in the bioreactor was

calculated according to Eq. 5 (Smith et al., 2014).

XM—E-[XI+

(Eq. 5)
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Where X is the MLSS concentration (mg TSS L), SRT is the solids retention time
(days), HRT is the hydraulic retention time (days), X is the inert solids concentration in
the influent (mg L), Ss is the influent soluble organic matter (mg COD L), Ss is the

effluent soluble organic matter (mg COD L), fp is the decay coefficient (0.20 mg TSS

10



mg TSS?), kg is the decay rate (0.02 day 1) and Y is the yield (0.076 mg TSS
mg COD™).

Influent pre-concentration increases the concentration of biodegradable COD and inert
COD in the AnMBR influent which, if improperly managed, can lead to the accumulation
of inert particles in the membrane tank. Therefore, the recirculation flow from the
bioreactor to the membrane tank is important to maintain a low solids concentration in
the membrane tank and minimize membrane fouling (Ferrer et al., 2015). To determine
this flow, a maximum MLSS concentration of 18 g L was established for the membrane
tank (Martinez-Sosa et al., 2011; Shin and Bae, 2018). However, in Scenario 3 (i.e., 90%
pre-concentration) this threshold solids concentration was surpassed owing to the high
concentration of inert particles in the influent. To reduce the solids concentration in the
membrane tank and associated fouling, an HRT of 2 days was considered in Scenario 3.
2.3.2 AnMBR capital and operating costs

The MBR CAPEX accounts for civil engineering, mechanical and electrical, equipment
and land costs (Judd, 2017). However, since the land cost is very site-specific it was
excluded in this study. On the other hand, the OPEX analysis of the AnNMBR included
energy demand, sludge handling, membrane replacement, chemical reagents for
membrane cleaning, equipment maintenance and replacement, and labour.

Energy consumption was considered for: (i) pumping and stirring, (iii) gas sparging, and
(iii) centrifuge sludge dewatering. The energy consumption for stirring was assumed to
be 8 W m (Smith et al., 2014). The energy consumption of the centrifugal pumps was

calculated using Eg. 6 (Wan and Chung, 2018).

AP
Ep = b (Eq. 6)

36np

11



Where Ep is the energy consumption (KW), Qp is the flow rate (m® h'l) AP is the
differential head of the pump (bar), and np is the pump efficiency (85%).

The blower energy requirements for gas sparging were calculated using Eq. 7 (Pretel et

al., 2014).
M-R-T P, =
Pp = (a—1)np ' [(P_l) o 1] (Eq- 7)

Where Pg is the blower consumption (W), M is the molar flow rate of biogas (mol s), R
is the gas constant (J mol? K1), T is the biogas temperature (°K), o is the adiabatic
coefficient, ng is the blower efficiency (80%), P- is the absolute impulsion pressure of the

blower (atm), and Py is the absolute inlet pressure of the blower (atm).

The energy cost to dehydrate the AnMBR sludge by centrifugation was
0.045 kWh kg'TSS (Pretel et al., 2014). Electrolyte dosing was set at 6 kg t™* TSS (Pretel
et al., 2014b). No sludge disposal cost nor benefit was included. However, it was
considered that the sludge would be highly stable (due to the 60 day SRT), and hence

suitable to be reused as fertiliser (Pretel et al., 2015, 2014).

The membrane cleaning protocol included (i) a clean in place (CIP) performed once a
week with 500 mg L and 2000 mg L of sodium hypochlorite and citric acid,
respectively, and (ii) two annual cleaning out of place (COP) with 1000 mg Lt and 2000
mg L sodium hypochlorite and citric acid, respectively (Brepols et al., 2008; Verrecht et
al., 2010).

2.4 FO-RO+ANnMBR plant economic evaluation

The CAPEX and OPEX were calculated for the different scenarios. Benefits coming from
biogas and water production were not considered in this study, since these benefits are

rarely accounted for in the water sector (Maurer, 2009). Therefore, the discounted lifetime

12



costs (DLC) of each option were calculated as the sum of the CAPEX and discounted
OPEX during the plant lifetime (Eq. 8) (Maurer, 2009; Roefs et al., 2016). The levelised
cost method was used to obtain the unit cost of water production and wastewater
treatment. This method is based on the price at which the outputs would have to be sold
to incur a positive net present value. The unit cost was calculated by dividing the DLC by

the discounted output produced throughout the lifetime (Eg. 9 and 10) (Papapetrou et al.,

2017).
OPEX
DLC(€) = CAPEX + YL, (Hi): (Eq. 8)
Water production cost (€ - m™3) = ZTDthWt (Eq. 9)
t=1(14i)t
Wastewater treatment cost (€ - m™3) = % (Eg. 10)
t=1(14i)t

Where OPEX; is the OPEX at time t (€), i is the discount rate (5%), t is the plant lifetime
(20 years), Mw; represents the volume of water produced at year t (m®), and Mww;
represents the volume of wastewater treated at year t (m?).

3. Results and discussion

3.1. FO-RO costs for reclaimed water production

Figure 2a shows the unit cost of the water produced by FO-RO system for each scheme
and scenario. The economy of FO-RO process is driven by (i) the low water flux
performance and the larger number of FO membranes needed to achieve higher FO
recoveries (i.e. 50% recovery in Scenario 1, 80% recovery in Scenario 2, and 90%
recovery in Scenario 3) and by (ii) the osmotic pressure difference decrease between both
sides of the membrane as the FO recovery increases. The latter phenomenon is
particularly relevant since it makes the membrane area exponentially increases with FO
recovery (Cath et al., 2010). This hinders the economic feasibility of the scenarios with

an FO recovery of 80 and 90%.
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Regarding the different schemes, Scheme A features the lowest water production cost per
m3 of water produced. The lower unit cost of Scheme A is a result of the much higher
water production when compared to Scheme B and Scheme C (Table 1), which minimises
the impact of the FO capital and operating costs. The closed-loop configuration (Scheme
C) presents the worst economic prospect for water production, mainly due to the cost
related to the replenishment of the synthetic draw solution. In Scheme C, the RO stage is
used to re-concentrate the diluted draw solution. Consequently, the diffusion of NaCl
through FO and RO membranes requires the addition of NaCl to keep the draw solution

osmotic pressure constant that leads to higher OPEX.

Figure 2b shows the cost distribution of the closed-loop scheme for the three different FO
recovery scenarios. CAPEX represents between 41 and 45% of the total cost. Concerning
the OPEX, energy consumption and the replacement of the FO membranes are the major
OPEX contributors. The contribution of the energy consumption in Scheme C (14-19%)
is lower than the values reported for conventional seawater reverse osmosis (SWRO)
plants which averages 30-40% (Blandin et al., 2015; Valladares Linares et al., 2016). This
difference is attributed to (i) the lower energy consumption of FO-RO system compared
to conventional SWRO due to the lower osmotic pressure of the diluted draw solution;
and (ii) the significant contribution of the FO stage to the total cost. Figure 2b shows that
higher FO recoveries lower energy costs. However, increasing the FO recovery is
accompanied by a significant increase in the costs associated with FO membrane
replacement. In the case of 90% FO recovery (Scenario 3C), FO membrane replacement
(21%) cost outweighs the cost of energy (14%). These results highlight the importance of
improving FO performance and durability on the economic feasibility of the FO-RO

system.
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The lowest water production cost obtained from the different alternatives is 0.80 € m™
(Scenario 1A), which is an 18% higher than the average cost of 0.76 $ m™ reported for
SWRO plants (Blandin et al., 2015). The CAPEX of an FO-RO system will always be
higher than that of an SWRO system due to the costs associated with the FO stage.
Therefore, the economic reliability of the FO-RO system is linked to potential energy
savings which have been reported to reduce OPEX (Cath et al., 2010; Valladares Linares
etal., 2016; Wan and Chung, 2018). In this study, energy savings are reached for all FO-
RO systems when compared to typical SWRO values, however, these savings do not
account for more than 17% of the total energy consumption (see Section 3.4). This value
Is in agreement with other conservative energy savings reported in the literature (Awad
etal., 2019; Choi et al., 2017). The installation of advanced energy recovery devices (e.g.
pressure exchangers) in SWRO plants has significantly improved its energy efficiency,
thus narrowing the room for improvement of the FO-RO technology. The present study
shows that there is a compromise among energy savings, CAPEX and other OPEX such
as membrane replacement, labour, maintenance or draw solution replenishment.
Therefore, it can be concluded that the economic competitiveness of the FO-RO
technology goes beyond energy savings.

3.2. AnMBR costs for sewage treatment and biogas production

Figure 3a shows the wastewater treatment cost related to the AnNMBR stage for the
different scenarios under study. The incorporation of the FO stage leads to a noticeable
reduction of the AnMBR costs. This cost reduction is related to the lower influent flow
and the associated lower digester volume, lower membrane area, and lower energy
requirements for gas sparging, among others. Additionally, although it has not been

included in this techno-economic analysis, it might also reduce the AnMBR footprint.
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CAPEX is the most important contributor to the AnNMBR total cost representing between
63 and 77% of it, being the digester construction and membrane acquisition the major
capital costs. In this study, an HRT of 1 day was selected, although lower HRTs (<10h)
would further decrease CAPEX costs (Stuckey, 2012). However, the technical feasibility
of extremely short HRTSs is questionable when combined with FO pre-concentration, due
to the increased MLSS concentration in the bioreactor and the resulting increase of both
the SGD and the recirculation flow from the bioreactor to the membrane tank. Moreover,
short HRTs may reduce the COD removal efficiency (Maaz et al., 2019). Therefore,
FO+AnMBR systems operated at HRTs below 1 day are not expected to provide
economic benefits, particularly when treating highly concentrated influents such as in

Scenario 2 (80% FO recovery) and Scenario 3 (90% FO recovery).

OPEX contribution to the AnMBR total cost is relatively low, even more when compared
to the conventional activated sludge system, due to the low energy requirements (no
aeration requirements) and the low sludge handling cost (less sludge production). The
energy consumption of the fouling control method (i.e. gas sparging) and, to a lesser
extent, the recirculation pump, are the main OPEX contributors of the AnMBR. Thereby,

energy cost optimisation should target these two parameters.

The SRT is an important operational parameter to optimise OPEX of MBR systems
(Verrecht et al., 2010). MLSS concentration decreases at lower SRTs and, accordingly,
both SGDs and recirculation flow decrease. Furthermore, a lower MLSS concentration is
expected to alleviate membrane fouling, which might have a direct influence on the
membrane lifespan (i.e. membrane replacement costs) and chemical cleaning
requirements (Ozgun et al., 2013). Decreasing SRT and increasing the sludge production

would have a minimum impact on the AnMBR OPEX since sludge handling contributes
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less than 5% to the OPEX. However, in cold climates, decreasing SRT could jeopardize
the efficiency of the biological process due to the slower kinetics of the anaerobic
microbes at psychrophilic temperatures (Maaz et al., 2019). Regardless of the operational
temperature, the influence of SRT on AnMBR performance is expected to progressively
increase with the increase of the FO recovery as a result of the higher organic loading
rates. Therefore, the SRT should be optimised for each FO recovery with the aim of
improving the AnMBR performance while keeping reasonable operating costs.
Membrane replacement is the other main contributor to the AnMBR OPEX due to the
large membrane area required to achieve the permeate flux and the relatively short
lifespan of membrane modules (5-10 years). Low membrane flux is recognised as one of
the main economic bottlenecks slowing the progress of the AnMBR technology (Lin et

al., 2011; Ozgun et al., 2013).

Increasing membrane fluxes would have a positive effect on the CAPEX costs, however,
it can be accompanied by an increase in OPEX owing to the higher SGDs required.
Verrecht et al. (2010) noticed that increasing the flux of aerobic MBRs from 15 to 30
LMH reduced the net present value (NPV) by 9% despite the higher OPEX. However,
special attention should be given when combining FO pre-concentration with high
membrane fluxes (>15 LMH) since the higher MLSS concentrations can exponentially
increase the SGDs to keep a stable flux. This could compromise the economic feasibility
of AnMBR plants.

3.3 FO-RO+ANnMBR cost for integrated sewage treatment and water production
Figure 3b shows the unit cost of wastewater treatment per m® of wastewater treated for
the entire FO-RO+AnMBR system. The economics of the system is governed by FO-RO

system since it accounts for more than 74% of the total cost in all scenarios. The

17



contribution of the FO-RO system increases as the FO recovery increases. For instance,
in Scheme A, the contribution of the FO-RO system to the total cost increases from 75%
in Scenario 1 (50% FO recovery) to 90% and 94% for Scenario 2 (80% FO recovery) and
Scenario 3 (90% FO recovery), respectively. As discussed in Section 3.2, the higher the
FO recovery, the lower the AnMBR cost (Figure 3a). However, the reduced AnMBR cost
does not offset the cost of the FO-RO system. Accordingly, the 50% FO recovery
scenarios present the lowest wastewater treatment cost when compared to the 80% and

90% FO recovery scenarios (Figure 3b).

Scenario 1C (i.e. 50% FO recovery in a closed-loop scheme) is the most economical
scenario (0.81 € m™) owing to the lower water production in the RO step (i.e. 33%
recovery), which reduces both CAPEX and OPEX. However, the inclusion of benefits
coming from water production could change the economic prospect of this scenario since
it presents the lowest water production (Table 1). In Scenarios 2 and 3, with higher FO
and RO recoveries and higher water productions, Scheme B is cheaper than Scheme C
since draw solution replenishment is not needed. NaCl is the most widespread draw
solution, however, other solutes (e.g. Mg*?, organic) could be considered to reduce retro-
diffusion flux (Lee and Hsieh, 2019). Alternative solutes would increase the initial
chemicals acquisition investment. Nevertheless, these would be negligible compared to
the OPEX savings resulting from the reduced draw solution replenishment cost and the
higher osmotic pressure of the solution. An ideal solute should have a low retro-diffusion

flux and little impact on microbial activity and digestate quality.

Scheme A, where the production of water is maximised, is the most expensive alternative
for wastewater treatment, due to the high cost of the RO installations. Accordingly, this

scheme is suitable in coastal regions lacking fresh water, where these higher costs are
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offset by the benefits obtained from water production. Otherwise, restricting the RO
recovery to 45% (Scheme B) is the most favourable condition for areas without water

scarcity (Blandin et al., 2015; Teusner et al., 2017).

The estimated cost from plants combining wastewater treatment and fresh water
production (e.g., MBR+RO, MBR+RO+AOP and CAS+UF+RO) ranges from 0.6 to 1.0
€ per m3 of wastewater treated (Valladares Linares et al., 2016; Verstraete et al., 2009).
Scenario 1 (50% of FO recovery) is the only competitive economic alternative for
combined wastewater treatment and water production since the treatment cost ranges
between 0.81 and 0.97 € per m® of wastewater treated (Figure 3b). These results
corroborate that improving FO membranes fluxes is paramount to make this technology

competitive.

The competitiveness of the FO-RO+AnMBR system is worsened when compared with
stand-alone AnMBR (baseline scenario) since the wastewater treatment cost of the stand-
alone AnMBR is half than the cheapest FO-RO scenario (Scenario 1C). Nevertheless,
including incomes from biogas and water production as well as other factors such as the
dual barrier for pollutants provided by FO-RO system (e.g. improving social perception
of water produced, increasing pollutants rejection) might improve the overall
competitiveness of FO-RO+AnMBR system.

3.4 Economic prospect of retrofitting an SWRO into an FO-RO+AnMBR plant
The FO-RO+AnMBR system is not yet economically feasible when compared to an
SWRO plant or stand-alone AnMBR. However, as technology develops, some schemes
combining water production and wastewater treatment could make FO-RO+AnMBR a
suitable alternative. Indeed, the incorporation of FO stage to an existing SWRO plant has

been identified as an attractive scenario for FO technology (Blandin et al., 2016; Teusner
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et al., 2017). This approach may be an attractive alternative in coastal areas undergoing
rapid urbanisation, where the increased population overloads the existing WWTP
infrastructure and increases the demand of fresh water (Li et al., 2014). Such coastal areas
may require at some point to increase the capacity of the WWTP or construct a new
WWTP and, in places where there is a nearby SWRO plant, retrofitting the conventional
SWRO to an FO-RO system could be a competitive alternative. Although implementing
an FO stage would incur extra capital and operating expenses, these might be
compensated by the lower wastewater treatment cost when combining seawater

desalination and wastewater treatment plants.

The scheme under study incorporated an FO stage into an SWRO plant since this scenario
is considered to be the best approach to reduce an SWRO plant energy consumption
(Blandin etal., 2016). The FO recovery (i.e. 50, 80 or 90%) affects both (i) the wastewater
concentration and flow rate of the AnMBR influent and (ii) the seawater osmotic pressure
and flow rate feeding the RO stage. The concentrated wastewater was fed into a newly
constructed AnMBR. The three FO recovery scenarios were compared to the baseline
SWRO plant to assess the energy savings related to seawater dilution. All the scenarios
were evaluated on the basis of a final water production of 45,000 m® day™* (Blandin et al.,

2015).

Figure 4 shows that adding an FO stage in an existing SWRO plant combined with
AnMBR treatment is economically competitive for a 50% FO recovery. Figure 4 also
shows that as the FO recovery increases and the FO cost increases, the cost savings from
AnMBR also increases (primarily due to the lower digester volume and the lower
membrane surface). However, when the FO recovery is 80%, the lower AnMBR cost does

not offset the costs associated with the FO stage.
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To incorporate the FO process into a SWRO plant leads to improving the energy
efficiency of the desalination plant (energy saving = 11.5, 15.0 and 16.2% for FO
recoveries of 50, 80 and 90%, respectively). However, this situation does not always
relate to a better economic prospect. As a matter of fact, the low fluxes of the FO
membranes have a major impact on the process economics than energy consumption. A
clear example is Scenario 3 (i.e. 90% FO recovery) which displays the worse economic
prospect with a benefit-cost ratio (BCR) of 0.65 despite being the scenario that has the
highest energy saving. Accordingly, considering the current development of FO
technology, FO recoveries around 50% appear as the most suitable condition to integrate
FO-RO+ANnMBR technology.

3.5 Sensitivity analysis of the flux impact on FO-RO+AnMBR economics

The low water fluxes reported for FO membranes is the main bottleneck of FO
technology. Therefore, improving membrane fluxes is crucial to boost the
competitiveness of FO technology. In this regard, the sensitivity analysis shows that the
wastewater treatment costs sharply decrease as the FO water fluxes increase from 1 LMH
to 10 LMH (Figure 5). The impact of water fluxes is particularly relevant for Scenario 2
and 3 (i.e. 80 and 90% of recovery) where higher water permeation through the FO
membranes are required. Water fluxes above 10 LMH only lead to small improvements
in the wastewater treatment costs. This is due to the fact that as the FO fluxes increase the
influence of the FO stage (e.g. membrane replacement, labour, maintenance) on the
process total cost is minimised.

Scenario 1 is the most competitive, although the differences with Scenario 2 and 3 are

substantially narrowed when FO fluxes increase (>10 LMH). In fact, when the water flux
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is above 20 LMH, the Scenario 2B outcompetes Scenario 1B emphasising the windows

of opportunities that high FO recoveries would open.

When the FO flux is higher than 10 LMH, closed-loop schemes with FO recoveries below
or equal to 80% (Scenario 1 and 2) are more economically competitive than open-loop
schemes, due to (i) the reduction in membrane area is accompanied by a reduction in the
retro-diffusion flow rate and (ii) the intake/outfall and pre-treatment of seawater becomes
costlier than that required for draw solution replenishment. However, it is important to
consider that the accumulation of contaminants in the draw solution may occur in closed-
loop systems, which may reduce the quality of the recovered water in these schemes

(Blandin et al., 2016; D’Haese et al., 2013).

From the sensitivity analysis, it can be concluded that increasing FO flux up to 10 LMH
can reduce the wastewater costs to values below 0.8 € m™, being Scenario 1C the most
cost-effective one with a treatment cost of 0.70 € m™ (Figure 5). This cost would be
further reduced if incomes coming from biogas production and, especially, water
production were considered. Finally, it is worth to mention that membrane fluxes for FO
pilot plants range from 2.2 to 10.6 LMH (Awad et al., 2019). Thus, it is conceivable that
fluxes around 10 LMH could be achieved soon for scenarios with water recoveries around
50%. However, in scenarios with higher water recoveries (e.g. 80 and 90%) reaching a
flux of 10 LMH still requires further technology advances since it would be required to
double or triple current fluxes.

4. Conclusions

The feasibility of combining FO, RO and AnMBR technologies for wastewater treatment
with energy and water production was investigated. The minimum wastewater treatment

cost was 0.81 € mwhen FO recovery was restricted to 50% in a closed-loop scheme.
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The treatment cost increased to 1.01 and 1.27 € m™ for FO recoveries of 80% and 90%,
respectively. The minimum fresh water production cost was estimated at 0.80 and 1.16 €
m- for an open-loop and a closed-loop scheme. The sensitivity analysis showed that
reaching FO fluxes of 10 LMH would significantly improve the competitiveness of FO-
RO+AnMBR system for sewage treatment.

Supplementary information

E-supplementary data of this work can be found in online version of the paper.
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Table 1. Description and water production for the different FO-RO+AnMBR scenarios.

Scenario 12 Scenario 2° Scenario 3°

Scheme goals
(FOrecovery 50%) (FOrecovery 80%) (FOrecovery 90%)

Scheme A Open-loop maximising
(m3d?Y) water production (mprine = 4218 5550 5994
46.7 bar)
Scheme B Open-loop with limited
(m3d?) water production (45% RO 2997 3596 3796
recovery)
Scheme C Closed-loop using a
(m3d?) synthetic draw solution of 2220 3552 3996

NaCl (initiar = 25.7 bar)

3JwFO = 7.86 LMH and JsFO = 2.15 g m2 h'%; 2y FO = 5.90 LMH and JsFO = 1.96 g m2 h'%; ©JwFO = 3.98

LMH and JsFO = 1.69 gm?2ht
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Figure 1. Schematic representation of FO-RO+AnMBR.process. (a) Open-loop scheme; (b)
Closed-loop scheme. (MT: Membrane Tank; FO: Forward Osmosis; RO: Reverse Osmosis).
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